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Abstract.  The main goal of this study was to develop a grey-box simulation model of the H,S
degradation process in a trickle bed reactor using physico-chemical models and experimental data.
Measurements were taken at the biogas plant in Bruck/Leitha (40 km outside of Vienna) with a max-
imum biogas capacity of 1000 m3/h. The structure of the model is based on the idea of an ideal local
discretised plug flow reactor which performs like a stirred tank cascade with ten stages. Desulphurisa-
tion is done by microorganisms (Thiobacillus thiooxidans) which convert H,S into elemental sulphur
and sulphuric acid. The mass transfer between gas and liquid phase is accounted for by the two-film
theory. The mass balances were implemented in a non-linear dynamic model in Matlab/Simulink. This
model is validated against one series of measurements.

1 Introduction

Biogas is of great significance in the field of renewable energy while desulphurisation remains a major obstacle
in the purification process. Trickle bed reactors working with microorganisms [1] are a standard state-of-the-art
method to remove hydrogen sulphide H,S. However, varying H,S concentrations and gas flows have a negative
impact on the removal efficiency if no process control measures are taken. Also, subsequent biogas upgrading
requires keeping the output concentration of oxygen in the treated biogas below certain limits [2].

The goal of this study was to develop a grey-box model of the H,S degradation process in a trickle bed reactor
using physico-chemical models and experimental data. Measurements were taken at the biogas plant in Bruck-
/Leitha (40 km outside of Vienna) with a maximum biogas capacity of 1000 m>/h. The crude gas is fed into the
reactor where H,S is absorbed by the liquid phase with help of the packing material (grid-shaped HDPE objects).
Desulphurisation is done by microorganisms (Thiobacillus thiooxidans) which convert H,S into elemental sulphur
and sulphuric acid [3, 4]. These bacteria need oxygen in order to oxidise sulphide to sulphate. O, is added to the
crude gas before it enters the reactor. The liquid phase is recycled and returned into the reactor by counter current
flow. Therefore, the dynamic model has three significant inputs and two outputs. The only actuating variable is the
O, input concentration. The volume gas flow rate and the H,S input concentration are disturbance variables. The
H,S and O, output concentrations are the output variables.

The remainder of the paper is structured as follows: In section 2 the modelling process is explained and the analyt-
ical as well as the experimental model parts are derived. The subsequent section shows simulation results for the
full nonlinear model and demonstrates the versatility of the multi-input multi-output (MIMO) approach. In sec-
tion 4 the experimental validation of the nonlinear model is performed by comparison with extensive measurement
data from the plant. Furthermore, a section is dedicated to the linearisation of the model in order to design suitable
controllers for the process. Some concluding remarks are given at the end.

2 Modelling

The structure of the mathematical model is based on the idea of an ideal local discretised plug flow reactor which
performs like a stirred tank cascade with ten stages (elements), see Figure 4 (b). For wastewater treatment there
exist similar ideas, but Wik [5] and Janssen et al. [6] put their emphasis on the chemical and biological processes
in the liquid phase and the biofilm. Wik actually neglects the gas phase and Janssen et al. control the oxygen
regulation by controlling the redox potential. On the contrary, Deshusses et al. [7] concentrate on the gas phase,
but do not deal with desulphurisation and oxygen addition. In this paper a different approach is proposed, which
is better suited for the investigation of biogas desulphurisation.

2.1 Flow Characteristics

Gas flow characteristics from CFD-simulations at reactor input and mass distribution in the reactor are represented
in Figure 1. Figure 1 (a) clearly shows that the assumptions of a homogenous plug flow inside the reactor are
fulfilled even at the very bottom. This effect has been achieved by a careful design of the gas feed to the reactor.
Figure 1(b) demonstrates the propagation of a step in input concentration to the top of the column. A strong
gradient can be seen near the top (colour change from blue to red) which corresponds to the sigmoid transient
which can also be seen in Figure 4 (a).
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During stationary operation a constant and homogenous flow velocity exists, as can be seen at the bottom of
the column. So the pressure drop along the vertical axes of the reactor is insignificant and therefore neglected.
Furthermore, it is demonstrated that in each stage the concentrations are constant in radial direction.

I |

(a) Gas flow characteristics at reactor input in m/s (b) Distribution of H,S after step input in kg/m?

Figure 1: Flow characteristics at reactor input and H,S distribution after step input in the reactor (CFD-Simulation in
FLUENT: with kind permission of Christian Jordan).

2.2 Mass Transfer and Mass Balance

The mass transfer between gas and liquid phase is accounted for by the two-film theory [8], see Figure 2 (a). This
theory is based on the idea of two laminar boundary layers conterminous to the interface Ph. These layers are re-
sponsible for the resistance of the mass transfer from gas to liquid phase. In each laminar boundary layer the mass
transfer described by the mass transfer coefficents § and f; [m/s] is caused by molecular diffusion. At the interface
itself a phase equilibrium can be observed. Beyond the laminar boundary layers the H,S and O, concentrations are
assumed to be constant in both gas and liquid phase because of turbulent convection. Sattler [8] and Mackoviak [9]
specify mathematical correlations for the calculation of the total gas and liquid mass transfer coefficients k resp.
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Figure 2: Structure of two-film theory and mass balance. The chemical reaction kinetics are experimentally determined
by parameter estimation.

The specific surface area a [m2/m3] of the packing material is known. Vi and V, [m?3] describe the volumes of the
gas and liquid phases of the single elements whereas Vg and V; [m/s] are the gas and liquid volume flow. The equi-
librium constant m [-] depends on the Henry coefficient. The reaction rate & [s/(kg-m?)] relies upon the activity of
the bacteria and is experimentally determined by parameter estimation. For the model here proposed, this rate is
assumed to be constant. The reaction mechanisms are represented in equation (1) and (2).

Direct oxidation:
microorganisms

H,S+20, H,SO, (1)
Oxidation with elemental sulphur as intermediate:
2H,S+0, — 2S+2H,0 2)
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microorganisms
e

2S+2H,0+30, 2H,S0,

The mass balance (Figure 2 b) of the gas phase for one single element is shown in the first differential equation (1).
The concentrations of H,S and O, (indices i and j respectively) are represented by ¢, [kg/m3] in the gas phase,
whereas ¢; , [kg/m3] describes the concentrations in the liquid phase. The correct time delay (dead time T =
Ve/ Vg [s]) for ¢;, and ¢}, while passing each individual stage has to be considered.

Equation (3) is valid for both substances, n =1,2,...,10.

time delay
dei, (1 ; —
Ve l;l‘( ) = Vg [C,',nfl (t — T) —Cin (I)} —ki-a-Vg [C,‘Jl (t) —Ciln (l‘) ~m,‘] 3)
input—out put mass transfer

The mass balance of the liquid phase is described in equation (4). Here again the dead time 7, = V;/V; [s] has to be
considered. This equation is not valid for the substance O, because the microorganisms do not only consume O, to
degrade H,S, but also use it for other unknown degradation processes and for their basic metabolism. Therefore,
an additional polynomial term is added, see equation (5). This black-box term is approximated using experimental
data.
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polynomial term

3 Simulation

The mass balances were implemented in a non-linear dynamic model in Matlab/Simulink, see Figure 3. In the
table below the colour code of the simulink model is given. The equation terms are also designated in equations
(3), (4) and (5). The Figure shows the structure of the differential equations of the first stage (subsystem 1). The
other nine stages have the same structure.

colour phase substance  equation term

red gas H,S, O, input, output
light blue liquid H,S, O, input, output
dark blue | gas, liquid H,S, O,  mass transfer
green liquid H,S, O, reaction kinetics

grey liquid 0, polynomial term

orange gas, liquid  H,S, 0, time delay

Figure 4 shows some of the simulation results. At the beginning of the simulation the input concentrations are
2000 ppm H,S and 0.75 % O, and the volume flow rate is 700 m?3/h. The figure shows the response of the model to
two steps in the O, concentration and one step in the flow rate V,. In the table below the step times and amplitudes
are given.

t [s] 250 1000 2250
AO, [%] 02 - 0.1
AV, [mPm]| - -100 -
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Figure 3: Non-linear model in Matlab/Simulink: Stage (Subsystem) 1

The first step of the O, concentration is negative, therefore the H,S concentrations increase. The second step of
the volume flow rate is also negative, but H,S concentrations decrease. The last step of the O, concentration is
positive, so H,S concentrations decrease.

These step responses represent very clearly the dependence of the H,S concentration on varying O, input concen-
trations and volume flow rate. Moreover, the importance of the dead time is shown, too. On O, input concentration
steps the output reacts like a PT,, element with a cumulative dead-time which is typical for chemical plants while
flow rate deviations cause a linear step response. This is due to the assumption of an ideal plug flow reactor.
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Figure 4: Simulation results: step responses of the H,S output concentration by varying the O, input concentration and
the volume gas flow rate. Operating point: 2000 ppm H,S, 0.75 % O,, V, =700 m?/h, first step at t=250s, AO,=-0.2 %,
second step at t=2250s, AVg =-100 m3/h, third step at t=2250s, AO, =+0.1 %

4 Experimental Validation

The model is validated against one series of measurements of 5 hours (Figure 5). The O, input and output con-
centration, the H,S output concentration and the gas volume flow were recorded. The H,S input concentration
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was not explicitly measured, but can be derived from the stationary output concentration whenever the O, input
concentration is zero. In the absence of O, the microorganisms are not able to metabolise any H,S, hence under
these circumstances input and output concentration have to be equal. The gas flow rate decreased from 710 to 610
and 455 m3/h. The O, input concentration was increased from 0 to 0.8 % in steps of 0.1 %, and then decreased to
0.4 and 0 %. At the end it was set again to 0.4 and finally to 1.0 %.

The left diagram in Figure 5 shows the correlation between the simulated and the measured H,S output concen-
tration. The right one describes the same for the O, output concentration. At constant gas flow rates the model
correlates with the measurements results. There are two sections (between 0.8-1.5h and 2.9-3.2 h) where simu-
lated and measured gas concentrations show significant deviations. This can be explained by very high flow rate
gradients. They lead to dynamic effects which do not comply with the assumptions of the model structure. More-
over, the model does not account for deviations of the reaction rate which can differ at various H,S or O, input
concentrations, gas flow rates and temperatures.
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Figure 5: Validation of the mathematical model: Correlation between simulated and measured output concentrations of
H,S and O,. Operating point: H,S input concentration is between 1750 and 1950 ppm, Vg decreases from 710 to 610
and 455 m3/h and O, input concentration changes in steps.

5 Linearisation

The system dynamics of the non-linear mathematical model are identified by an output-error model [10]. Because
of the multitude of time delays between the different stages and the counter current flow of gas and liquid phase, an
analytical or numerical linearisation would require extensive Pade-Approximations or complex numerical methods.
On the contrary, a black-box system identification with the output-error model yields fast and satisfactory results
and is therefore chosen. The different tranfer functions from each input (Vg H,S, O,) to each output (H,S, O,) are
generated by means of the Identification Toolbox in Matlab/Simulink.

The correlation between non-linear and linear simulation model is shown in Figure 6. The H,S and O, input
concentrations are 2000 ppm and 0.75 %. The volume flow rate Vg is kept constant at 700 m3/h. Deviations from
the operating point of O, input concentration lead to the step responses of the H,S and O, output concentrations
in diagram (a) and (b). In the table below the step times and amplitudes are given.

€ Is] | 0 1600 3200 4800
A0, [%] |01 02 01 -02

It can be seen that the linear model of O, corresponds very well with the non-linear model. On the contrary, the
linear model of H,S shows larger deviations. This is due to the fact that the results of the generated tranfer function
of O, input to H,S output concentration differ from the measurement results. These differences are caused by the
limited capabilities of the output-error model and by the more complex structure of the differential equation valid
for O, liquid concentration.

6 Conclusion

The main goal of this study was to develop a grey-box simulation model of the H,S degradation process in a
trickle bed reactor using physico-chemical models and experimental data. The structure of the model is based on
the idea of an ideal local discretised plug flow reactor which performs like a stirred tank cascade with ten stages.
CFD-simulations in FLUENT show that the assumptions of an ideal plug flow inside the reactor are indeed ful-
filled. Furthermore, the pressure drop along the vertical axes of the reactor is insignificant and neglected. The mass
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Figure 6: Linearisation of the non-linear mathematical model: Correlation between linear and non-linear output concen-
trations of H,S and O,. Operating point: 2000 ppm H,S, 0.75 % O,, Vg =700 m3/h. O, input concentration changes in
steps.

transfer between gas and liquid phase is accounted for by the two-film theory. By biochemical reactions H,S is
converted into elemental sulphur and sulphuric acid either by direct oxidation or by oxidation with elemental sul-
phur as intermediate. The reaction rate § is assumed to be constant. Because of unknown degradation processes of
the microorganisms, a black-box term approximated by experimental data is added to the mass balance of O, in the
liquid phase. The mass balances were implemented in a nonlinear dynamic model in Matlab/Simulink. Simulation
results show that on O, input concentration steps the output reacts like a PT,, element with a cumulative dead-time
which is typical for chemical plants. Measurements were taken at the biogas plant. Hence, the model is validated
against experimental data. At constant gas flow rates the model correlates well with the measurements results while
at high flow rate gradients it lacks dynamic modelling of the flow and therefore leads to larger deviations. In order
to design suitable controllers the model has been linearised. The system dynamic is identified by an output-error
model which yields fast and satisfactory results.

Varying H,S input concentrations and gas flows have a negative impact on the removal efficiency if no process
control measures are taken. Also, subsequent biogas upgrading requires keeping the output concentration of oxy-
gen in the treated biogas below certain limits. Further investigations are therefore recommended. Figure 7 (a)
shows an example of a potential disturbance control. The simple but robust controller of the oxygen regulation
is designed by the relations proposed by Chien-Hrones-Reswick. Figure 7 (b) shows the performance of the con-
trolled non-linear system with and without disturbance compensation of H,S and Vg, respectively. It represents
very clearly the advantages of a disturbance compensation of H,S, but an additional measuring point for the H,S
input concentration is required. Moreover, if negative deviations from the operating point of the H,S concentration
occur, the controller will not kick in until certain limits are exceeded. An optimisation of the control design with
an enhanced state space model would certainly improve the removal efficiency and ease the subsequent biogas
upgrading.
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Figure 7: Disturbance control: (a) Correlation between H,S output concentrations of the controlled linear and non-
linear system, no compensation. (b) Performance of the controlled non-linear system with and without disturbance
compensation of H,S and V. respectively. Operating point: H,S input concentration and V, change in steps, O, input
concentration is controlled.
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